Catalytic conversion of ten biomass-derived feedstocks, i.e. glucose, sorbitol, glycerol, tetrahydrofuran, methanol and different hydrogenated bio-oil fractions, with different hydrogen to carbon effective (H/C eff ) ratios was conducted in a gas-phase flow fixed-bed reactor with a ZSM-5 catalyst. The aromatic + olefin yield increases and the coke yield decreases with increasing H/C eff ratio of the feed. There is an inflection point at a H/C eff ratio ¼ 1.2, where the aromatic + olefin yield does not increase as rapidly as it does prior to this point. The ratio of olefins to aromatics also increases with increasing H/ C eff ratio. CO and CO 2 yields go through a maximum with increasing H/C eff ratio. The deactivation rate of the catalyst decreases significantly with increasing H/C eff ratio. Coke was formed from both homogeneous and heterogeneous reactions. Thermogravimetric analysis (TGA) for the ten feedstocks showed that the formation of coke from homogeneous reactions decreases with increasing H/C eff ratio. Feedstocks with a H/C eff ratio less than 0.15 produce large amounts of undesired coke (more than 12 wt %) from homogeneous decomposition reactions. This paper shows that the conversion of biomassderived feedstocks into aromatics and olefins using zeolite catalysts can be explained by the H/C eff ratio of the feed.
Introduction
Production of high-grade liquid fuels and chemicals from lignocellulosic biomass is one of the most promising ways to solve energy and environmental problems caused by our dependence on fossil oil. 1, 2 Zeolite catalysts are the workhorse of the petroleum industry efficiently converting petroleum-based feedstocks into targeted fuels and chemicals. [3] [4] [5] [6] Zeolite catalysts have also been shown to be promising for conversion of biomassderived feedstocks into fuels and chemicals. [7] [8] [9] [10] [11] [12] [13] [14] The main challenge for biomass and its derived feedstocks catalytic conversion is how to improve catalyst properties and process conditions to obtain high yields of hydrocarbons while minimizing coke formation on the zeolites. 15 Over the last twenty years, there have been dozens of studies that focused on the catalytic conversion of biomass and its derived feedstocks with a range of zeolite catalysts including ZSM-5, Beta, Y, mordenite, FCC, Al-MCM-41, SBA-15, Al-MSU-F FER, MFI and MOR. Furthermore, the designs and applications of zeolite catalysts for biomass conversion have also been well reviewed. [45] [46] [47] [48] [49] [50] In these zeolite catalysts, ZSM-5 has shown the highest aromatic and olefin yields from lignocellulosic biomass. 43, 44 ZSM-5 has a 3-dimensional pore system with a pore size of 5.5-5. 6 A based on atomic radii. 44 The small pore size, internal structure and internal volume make it difficult for larger aromatic coke precursors to form inside of the pores. 9, 44 Several reactions occur inside the zeolite including dehydration, decarboxylation, isomerization and decarbonylation thereby removing oxygen as water, carbon monoxide and carbon dioxide and converting the carbon and hydrogen into olefins and aromatics. 31 The main problem for biomass conversion with zeolites is that the biomass-derived feedstocks typically produce large amount of coke, a wide variety of products are produced, and the zeolite catalyst is deactivated rapidly.
11,51, 52 Chen et al. 52 introduced the hydrogen to carbon effective (H/C eff ) ratio, as shown in eqn (1) , to describe whether a feed can be economically converted into hydrocarbons using zeolite catalyst according to the amount of oxygen, carbon, and hydrogen in the feed. The H, C and O in eqn (1) are the moles of hydrogen, carbon, and oxygen in the feed, respectively.
Chen et al. 52 stated that feedstocks with H/C eff ratios less than 1 are difficult to upgrade to produce premium products over a ZSM-5 catalyst due to rapid aging and deactivation of the catalyst. The H/C eff ratio of petroleum-derived feedstocks is between 1 and 2. The H/C eff ratio of lignocellulosic biomass is between 0 and 0.3. Therefore, biomass is made of hydrogendeficient molecules, and strategies for biomass and its derived feedstocks conversion must take their H/C eff ratio into account. Fig. 1 shows the reaction schematic of biomass-derived feedstocks over the ZSM-5 catalyst. Feedstocks with different H/C eff ratios first undergo dehydration and decarbonylation reactions to make intermediate oxygenates as well as CO, CO 2 , H 2 O and homogeneous coke as by-products on the surface of the catalyst. Then these intermediate oxygenates diffuse into the zeolite catalyst pores and form aromatics and olefins as well as heterogeneous coke through a series of decarbonylation, decarboxylation, dehydration, and oligomerization reactions. The oxygen in the feedstocks is removed in the form of CO, CO 2 and H 2 O. It has been reported that the aromatics formation reaction undergoes through a common intermediate or a ''hydrocarbon pool'' within the zeolite framework.
53-59
Recently, we outlined a new method for bio-oil upgrading where hydroprocessing of bio-oils with Ru/C and Pt/C catalysts followed by conversion with zeolite catalysts was able to produce aromatics and olefins in yields 2 to 3 times higher than zeolite conversion of the bio-oils without hydrogenation. 60 The purpose of the hydroprocessing was to add hydrogen selectively to the biomass-derived feedstocks thereby increasing the H/C eff ratio of the feed. We also tested the zeolite conversion of other feedstocks and showed that the aromatic + olefin yield increased with an increasing H/C eff ratio of the feed. The purpose of this paper is to explain more in depth how the product selectivity and catalyst activity change for ten different biomass-derived feedstocks over a ZSM-5 catalyst. Thermogravimetric analysis (TGA) was used to obtain the homogeneous coke yield of all the feedstocks. The deactivation rates of the ZSM-5 catalyst were calculated. Furthermore, the formations of homogeneous and heterogeneous coke were discussed as well as how the product selectivity changes with different feedstocks.
Experimental section
2.1. Materials 2.1.1. Biomass-derived feedstocks. Ten biomass-derived feedstocks with different H/C eff ratio were converted, including pure compound solutions and bio-oil derived feedstocks. Pure compound solutions, including glucose, sorbitol, glycerol, tetrahydrofuran (THF) and methanol, were dissolved and/or mixed in water with a mass percentage of 12.5 wt%. The bio-oil derived feeds were made from DOE bio-oil (DOE-BO) and pine wood biooil (PWBO), including DOE-BO, low-temperature hydrogenated DOE bio-oil (LTH-DOE-BO), water-soluble bio-oil of pine wood (WSBO), low temperature hydrogenated water-soluble bio-oil (LTH-WSBO) and high temperature hydrogenated water-soluble bio-oil (HTH-WSBO). DOE-BO was supplied by the US Department of Energy (DOE) and was manufactured by the National Renewable Energy Laboratory (NREL) from white oak pellets using the Thermochemical Process Development Unit (TCPDU). PWBO was obtained from the Mississippi State University and was produced by pyrolysis of dry pine wood in an auger reactor. LTH-DOE-BO was obtained by low temperature hydrogenation of DOE-BO with 5 wt% Ru/C catalyst at a temperature of 125 C, pressure of 100 bar and WHSV of 1.6 h À1 . The WSBO was prepared by mixing 7 g PWBO with 28 g water and decanting the top layer. Detailed information about how the hydrogenated bio-oils were produced can be found in our previous work. 60 In brief summary, LTH-WSBO was produced by hydrogenation of WSBO with 5 wt% Ru/C catalyst at a temperature of 125 C, pressure of 52 bar and WHSV of 3 h
À1
. HTH-WSBO was produced from two-stage hydrogenation of WSBO. The first stage was operated with 5 wt% Ru/C catalyst at a temperature of 125 C, pressure of 100 bar and WHSV of 3 h À1 . The second stage was operated with 5 wt% Pt/C catalyst at a temperature of 250 C, pressure of 100 bar and WHSV of 3 h
. The distributions of the products identified in the bio-oil fractions are listed in Table 1 . In the WSBO fraction over 55% of the carbon was identified. The remaining carbon was probably present as carbohydrate oligomers that were not detected by our methods. Only about one-third of the products can be identified in DOE-BO and LTH-DOE-BO. The pure bio-oil fractions contained large amounts of polymeric lignin oligomers which had a M w from 300 to 7000 daltons (Da). Compared to DOE-BO, the LTH-DOE-BO has a higher concentration of oligomers with a molecular weight greater than 400 Da. 2.1.2. Catalyst. A ZSM-5 catalyst (CBV 3024E, SiO 2 / Al 2 O 3 ¼ 30) obtained from Zeolyst was used for all of these studies. The catalyst was sieved to a particle size of 425-800 mm before being placed into the reactor (described below). The catalyst was calcined in the reactor at a temperature of 600 C with 60 mL min À1 air (Airgas, regular-high purity, dehumidified by a drierite tube) for 6 hours prior to reactions.
Experimental setup
2.2.1. Gas-phase flow fixed-bed reactor. A gas-phase flow fixed-bed reactor system was built for catalytic conversion of biomass-derived feedstocks into olefins and aromatics as shown in Fig. 2 . This reactor consists of a gas feed system, a liquid feeding unit, the reactor, the heater for the reactor, a condensor and a gas sample collecting unit. A quartz tube of 12.5 mm OD was used as the reactor. Sieved ZSM-5 powders were held in the reactor by quartz beads (250-425 mm) and quartz wool. The reaction temperature was measured via a K-type thermocouple inserted into an inner tube at the top of the catalyst bed. Prior to reactions, the catalyst was calcined as described in Section 2.1.2. Helium was used as a carrier gas (Airgas, 99.999%). The liquid feedstock was introduced into the reactor through a PTFE tube by a syringe pump (Fisher, KDS100). A condenser in an icewater bath was used to trap heavy products. After reactions, the reactor was flushed by helium with a flow rate of 100 mL min for 30 min at the reaction temperature. The condensed products were extracted by adding 10 mL of ethanol into the condenser to obtain liquid products. Gas phase products were collected by an air bag for analysis. After reaction the carrier gas was switched to air at 60 mL min À1 to regenerate the used catalyst. During the regeneration, the produced CO was further converted into CO 2 by using a copper converter catalyst (13 wt% CuO on alumina, SigmaAldrich) which was heated to 250 C. The CO 2 was trapped by a CO 2 trap (Ascarite, Sigma-Aldrich). The coke yield was obtained by measuring the mass change of the CO 2 trap.
À1
Unless otherwise mentioned, the typical reaction conditions for catalytic conversion of biomass-derived feedstocks used in this study were: temperature of 600 C, a carrier gas flow rate of 204 mL min
, a weight hourly space velocity (WHSV) of 11.7 h À1 and a ZSM-5 mass of 26 mg.
Thermogravimetric analysis (TGA) experiments.
Thermogravimetric analysis (TGA) of the ten feedstocks was carried out in a TGA instrument (TA Instrument, SDT Q600). Before the experiment, an alumina pan filled with 15 mg sample was put into the TGA chamber that was continuously purged by helium at 100 mL min
À1
. The chamber was programmed with the following temperature regime: hold at room temperature for 0.5 min, ramp to 700 C at 1.5 C min À1 and hold at 700 C for 30 min.
Product analysis and data evaluation
2.3.1. Gas product analysis. The gaseous product was analyzed using a Shimadzu 2014 GC system. A Restek Rtx-VMS capillary column (Catalog No. 19915) (with FID detector) was used to quantify aromatic hydrocarbons, while a HAYSEP D packed column from Supelco was used to analyze CO and CO 2 (with TCD detector). Both FID and TCD detectors were maintained at 240 C. Ultra high purity helium was used as carrier gas. The following temperature ramp was used in this study: hold at 35 C for 5 min, ramp to 140 C at 5 C min
À1
, ramp to 230 C at 50 C min À1 and hold at 230 C for 8.2 min.
Liquid product analysis.
Liquid products were identified by GC-MS (Shimadzu-2010) and quantified by GC-FID (Agilent 7890A). Restek Rtx-VMS capillary column (Catalog No. 19915) was used in the GC-MS system. It was operated at a constant flow rate of 1.9 mL min À1 with ultra high purity helium as the carrier gas. The injector and detector were both held at 240 C. The GC oven was programmed with the following temperature regime: hold at 30 C for 5 min, ramp to 140 C at 7.5 C min
À1
, ramp to 240 C at 40 C min À1 and hold at 240 C for 15 min. The GC-FID system also used ultra high purity helium as the carrier gas. The FID detector was maintained at 250 C. The product separation was carried out in an Agilent capillary column (Catalog No. 19091J-413). The following column temperature regime was used: hold at 40 C for 5 min, ramp to 250 C at 20 C min
, and hold at 250 C for 20 min. However, some compounds such as sugars, sugar alcohols and levoglucosan in bio-oil derived feedstocks cannot be detected by GC-MS and GC-FID. In this study, a high-performance liquid chromatography (HPLC, Shimadzu) system was used to analyze these compounds. An RI detector (held at 30 C) was used in the system to quantify sugars, sugar alcohol and levoglucosan. 
Results

Thermal stability of biomass-derived feedstocks
Biomass-derived feedstocks typically have a low thermal stability meaning that they decompose forming coke, H 2 O, CO and CO 2 when heated above a certain temperature in the absence of oxygen. TGA was used to study the thermal stability of the feedstocks as stated in Section 2.2.2. Table 2 lists the homogeneous coke yields of the different feedstocks. The coke yield decreases with an increasing H/C eff ratio, indicating that the feedstock with lower H/C eff ratio has lower thermal stability. The feeds with a H/C eff of less than 0.2 had high coke yields from 13 to 23 wt%. Only trace amounts of homogeneous coke was formed for feeds with a H/C eff ratio of greater than 0.6.
Gas-phase product yields for catalytic conversion of various biomass-derived feedstocks
The product yields for the different feedstocks as a function of time on stream are shown in Fig. 3 . The products include aromatics, olefins, CO, CO 2 and coke. The product yields first increase with time on stream to a maximum value and then gradually decrease. After the experiment, products continue to desorb from the catalyst surface (see 20 to 25 minutes time on stream in Fig. 3 ). This may be due to the decomposition of the real catalytic active center, the hydrocarbon pool, inside the zeolite catalyst. In the first step of the reactions, the feedstocks are consumed to form a hydrocarbon pool inside the zeolite. This hydrocarbon pool needs to take some time to build up. The active centers of the hydrocarbon pool then convert the feed into olefins, aromatics, CO and CO 2 . Coke also builds up inside the zeolite which causes deactivation of the active centers and the decrease of aromatic and olefin yields. After reactions, the products that are trapped inside the zeolite take some time to diffuse out after reaction. The aromatic and olefin yields with respect to time on stream for tetrahydrofuran (THF) and methanol are different from the other feedstocks. When THF is the feedstock the olefin yield increases and aromatic yield decreases with time on stream. Catalytic conversion of methanol shows completely opposite trends. This indicates that different hydrocarbon pools were involved in the THF and methanol catalytic conversion. This phenomenon has also been shown in other papers for conversion of methanol with zeolite catalysts. 61, 62 This suggests that with methanol the formation of aromatics undergoes several steps which take some time to reach steady state. Methanol first forms dimethyl ether (C2) and then C3, C4, C5 to C6. Only C6 compounds can form aromatic compounds. 58 This means the rate of the hydrocarbon pool formation of methanol for producing aromatics is much slower than the other feedstocks, which are at least C4 compounds. During the methanol conversion process, the olefins are built up in the hydrocarbon pools and finally converted into aromatics. Table 3 shows the detailed product carbon yields for catalytic conversion of the ten feedstocks. The identified carbon in gas products is between 83% and 100% for all feedstocks. The missing carbon is some oxygenated compounds (for bio-oil Table 2 Homogeneous coke yields obtained using a TGA instrument with the temperature programmed from room temperature to 700 C at 1.5 C min À1 , followed by an isotherm period of 30 min at 700 C in an ultra high helium atmosphere. (Glucose, sorbitol, glycerol, THF and methanol are water solutions with a concentration of 12.5 wt%; WSBO contains 12.5 wt% oil fraction.) View Online derived feeds) and C 5 hydrocarbons (for methanol) in liquid products (see Table 4 and ref. 63).
Feedstock Glucose DOE-BO LTH-DOE-BO WSBO Sorbitol Glycerol LTH-WSBO HTH-WSBO THF Methanol
The carbon selectivities of olefin and aromatic products
The olefins produced include: ethylene, propylene and butylenes. The main aromatics detected include: benzene, toluene and xylene. Their selectivities in the products as a function of time on stream can further monitor the change of the hydrocarbon pools with time. Fig. 4 and 5 show the olefin and aromatic selectivities for the ten feedstocks as a function of time on stream, respectively. After the formation of the hydrocarbon pools (>5 min), the selectivities of ethylene and propylene are much higher than those of butylenes for all feeds. For DOE-BO and LTH-DOE-BO, the selectivities of ethylene and butylenes increase with time on stream, whereas for WSBO and glycerol, those of propylene and butylenes increase with time on stream.
For LTH-WSBO and HTH-WSBO, the selectivity of propylene is higher than that of ethylene and is almost the same during the first 20 min. As shown in Fig. 5 , toluene has the highest aromatic selectivity for conversion of all feeds except for methanol. Catalytic conversion of methanol produced xylene in a 70% aromatic selectivity. For catalytic conversion of glucose, DOE-BO, LTH-DOE-BO, WSBO, sorbitol and glycerol (all of them are low H/C eff ratio feedstocks), the aromatic products selectivity shows a significant change with time on stream during the hydrocarbon pool formation phase (the first 5 min of time on stream). After the 5 minutes time on stream formation of the pool, the xylene selectivity decreases and the benzene and toluene selectivities increase for sorbitol, glycerol, LTH-WSBO and HTH-WSBO. The benzene selectivity increases and the toluene selectivity decreases for THF. The aromatic selectivity for methanol has no change after the first 5 min. 
Liquid-phase product yields for catalytic conversion of various bio-oil derived feedstocks
Small amounts of liquid products were also produced for the biooil feedstocks. These liquid products contained primarily singlering phenols, naphthalenols and fluorene as shown in Table 4 . The yield of the phenolics decreases in the following order: WSBO > LTH-WSBO > HTH-WSBO > LTH-DOE-BO > DOE-BO. The single-ring phenols in the liquids include phenol, 3-methyl-phenol, 2-methyl-phenol, 2,6-dimethyl-phenol, 2,3-dimethyl-phenol and 2,4-dimethyl-phenol. For WSBO, LTH-WSBO and HTH-WSBO, the yields of these single-ring phenols are 3.26%, 1.57% and 1.04%, respectively.
Discussion
Product yields as a function of hydrogen to carbon effective (H/C eff ) ratio
In zeolite upgrading of an oxygenated hydrocarbon, C6-C8 aromatic hydrocarbons, C2-C4 olefins, CO, and H 2 O are the major products. Oxygen is removed from the feed in the form of CO or H 2 O. In this study, the theoretical yield was calculated assuming toluene as the targeted product and CO and H 2 O as the byproducts. The overall stoichiometry is shown in eqn (7):
where
When b < 0, we assumed H 2 as one of the byproducts instead of CO. Fig. 6 shows the experimental and theoretical aromatic + olefin yield as a function of the H/C eff ratio. The experimental aromatic + olefin yield increases from 27% to 80% with the increase of the H/C eff ratio from 0 (glucose) to 2 (methanol). There is an inflection point at a H/C eff ratio ¼ 1.2, where the aromatic + olefin yield does not increase as rapidly as it does before. This is also the same point where the theoretical yield is 100%. At this point all of the carbon in the feedstock is converted into carbon in the aromatics. This suggests that, if cheap hydrogen is available, the amount of hydrogen that is added to the biomass feedstock should be enough to bring it to a H/C eff ratio of 1.2. Adding more hydrogen to the biomass feedstock would be a waste of hydrogen resources and increase the cost of the process. This also suggests that future biorefineries should target an enrichment of the biomass feedstock to a H/C eff ratio of 1.2.
The experimental/theoretical yield or percentage of the theoretical yield increases with increasing H/C eff ratio as shown in Fig. 6 . The theoretical yield of glucose is only 42%, whereas that of methanol is about 80%. This suggests that methanol is a more efficient feedstock for producing hydrocarbons than glucose with the current catalyst at these reaction conditions.
Compared with DOE-BO, the aromatic + olefin yield of LTH-BO increases from 21% to 33%. The low temperature hydrogenation process resulted in an increase of the H/C eff ratio of the bio-oil from 0.06 to 0.09. This process only used a small amount of hydrogen but resulted in a large increase in the yield of usable petrochemicals. This is probably because the hydrogenation step was able to stabilize the most unstable compounds in the bio-oil, which tends to form homogeneous coke when heated as shown in Table 2 . The most unstable compounds formed coke on the catalyst surface during the hydrogenation step and thus the LTH-DOE-BO contains less thermally unstable molecules than DOE-BO (14% vs. 19%). These unstable molecules that tend to form homogeneous coke include aldehydes, ketones and furan derived oxygenates which contain unsaturated bonds.
In a separate reaction, we have previously converted furan (H/C eff ratio ¼ 0.5) under similar reaction conditions but short time on stream (5 min). 42 The catalyst deactivated rapidly within 5 min time on stream with a coke yield of 33% carbon. Tetrahydrofuran (THF) is the saturated form of furan. However, catalytic conversion of THF only produced 6% coke (see Fig. 8 ). This indicates that catalytic conversion of unsaturated compounds like furan produces large amounts of coke which rapidly deactivates the zeolite.
Low temperature hydrogenation of WSBO increased the H/ C eff ratio from 0.14 (WSBO) to 0.71 (LTH-WSBO). The aromatic + olefin yield improved from 27% to 56%. However, the LTH-WSBO still contains some hydrogen deficient compounds such as acetic acid (H/C eff ratio ¼ 0), levoglucosan (H/C eff ratio ¼ 0) and sorbitol (H/C eff ratio ¼ 0.33) ( Table 1) . These molecules need to be upgraded into hydrogen-rich molecules to further increase the petrochemicals yield. Hence we subjected LTH-WSBO to high temperature hydrogenation and converted it into high temperature hydrogenated WSBO (HTH-WSBO).
With the H/C eff ratio of HTH-WSBO increasing to 1.2, the aromatic + olefin yield increases to 72%. These results disclose that we can enhance the hydrocarbon yield by increasing the H/ C eff ratio of the feed. This is consistent with the results obtained by Gayubo et al. 64 who increased the hydrocarbon yield dramatically by co-conversion of bio-oil with methanol.
The product yields as a function of the H/C eff ratio are shown in Fig. 7 and 8. As shown in Fig. 7(a) , the aromatic and olefin yields increase from 12% and 15% to 24% and 56% with increasing H/C eff ratio, respectively. For all feedstocks, the olefin yield is higher than the aromatic yield, and the gap increases with an increase of the H/C eff ratio. If liquid hydrocarbons are the desired product then these olefins must be recycled or oligomerized. 42 The reaction temperature is high (600 C) which favors the production of olefins.
The CO and CO 2 yields go through a maximum with respect to the H/C eff ratio (Fig. 7(b) ). CO was most likely produced by decarbonylation. Feedstocks with low H/C eff ratio should make more CO because they are hydrogen-deficient compounds, which limits oxygen transferring into water and favors CO production. As shown in Fig. 7(b) , sorbitol (H/C eff ratio ¼ 0.33) gave 28% CO yield which is more than that of glycerol (H/C eff ratio ¼ 0.66) which gave 22% CO yield. However, glucose, DOE-BO, LTH-DOE-BO and WSBO which have lower H/C eff ratio than sorbitol produced less CO. This can be explained by homogeneous coke formation reactions where a large part of these feedstocks was converted into homogeneous coke before catalytic cracking with the catalyst. We conducted some blank experiments for homogeneous coke formation in the reactor. The experiments were operated at typical conditions as catalytic conversion run but without a catalyst. 45% carbon in the feed was converted into coke for WSBO, whereas only 5% carbon was converted into CO. However, catalytic conversion of WSBO gave about 18% carbon yield of CO. This indicates that CO is mainly produced in the catalytic process. Since CO 2 is mainly produced by water-gas shift reaction, 9 its yield as a function of the H/C eff ratio has the same trend with that of CO. For bio-oil derived feedstocks, CO 2 can also be produced by decarboxylation reaction of acetic acid.
It should be noted that the coke obtained from catalytic conversion in the flow reactor is a total coke which includes homogeneous coke (defined as coke deposited on the reactor) and heterogeneous cokes (defined as coke deposited on the catalyst). In order to distinguish these two types of coke, the TGA experiments were conducted without catalyst to only obtain homogeneous coke. Fig. 8 shows the catalytic coke yield (based on the total carbon of the feed) and the non-catalytic coke yield (based on the mass of feedstock) as a function of the H/C eff ratio. Both catalytic coke and non-catalytic coke yields decrease with increasing H/C eff ratio. This decrease is greatest at H/C eff ratios less than 0.25. The coke yield reaches a stable value at higher H/C eff ratios. Compared with their H/C eff ratio, catalytic cracking of the bio-oil derived feedstocks (including DOE-BO, LTH-DOE-BO, WSBO, LTH-WSBO and HTH-WSBO) produced more total coke due to a lot of homogeneous coke formation.
Deactivation rate of the catalyst as a function of hydrogen to carbon effective (H/C eff ) ratio
The rate of catalyst deactivation as defined in eqn (6) is introduced to describe the deactivation of the catalyst during the catalytic conversion process of biomass-derived feedstocks. The catalyst deactivation rates for catalytic conversion of different biomass-derived feedstocks as a function of the H/C eff ratio are shown in Fig. 9 . As shown in the figure, the deactivation rate decreases with increasing H/C eff ratio. Similar to coke carbon yield, the deactivation rate curve also decreases rapidly at low H/C eff ratio and becomes stable at high H/C eff ratio. This result indicates that the increase of the H/C eff ratio of feedstocks can increase the stability of the catalyst due to low coke accumulation on the catalyst.
Conclusions
The general conclusion of this study is that the hydrogen to carbon effective (H/C eff ) ratio of biomass-derived feedstock can be used to estimate the overall olefin and aromatic yield, the coke yield, and the catalyst deactivation rate for the catalytic conversion of a range of biomass feedstocks using zeolite based catalysts. The aromatic + olefin carbon yield increases with increasing H/C eff ratio. Lower H/C eff ratio feedstocks produced more coke which rapidly deactivates the zeolite catalyst. Coke was produced from both homogeneous and heterogeneous reactions. TGA was done to determine the homogeneous coke yield. The result shows the formation of coke from homogeneous reactions decreases with increasing H/C eff ratio. This can be used to guide the catalytic conversion of biomass and its derivatives into high yields of olefins and aromatics. Hydrogen deficient biomass feedstocks can be hydrogenated to increase their H/C eff ratio before reaction with zeolite catalysts. The optimal amount of hydrogen to add to the biomass-derived feedstock for aromatic and olefin production is around a H/C eff ratio of 1.2.
